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Optimized heat exchanger networks can improve process proﬁtability and minimize emis-
sions. The aim of this study is to assess the heat integration opportunities for a hypothetical
bio-oil hydroprocessing plant integrated with a steam reforming process via pinch technol-
ogy.  The bio-oil hydroprocessing plant was developed with rate based chemical reactions
using ASPEN Plus® process simulator. The base case is a 1600 kg/h bio-oil hydroprocessing
plant, which is integrated with a steam reforming process of the bio-oil aqueous phase.
The impact of the reformer steam to carbon ratio on energy targets was analysed, revea-
ling that signiﬁcant energy savings can be achieved at different process variations. Aspen
Energy AnalyzerTM was employed to design the heat exchanger network. Two heat exchanger
network designs are considered. The optimum design reveals that the second hydrodeoxy-
genation reactor efﬂuent can preheat the bio-oil feed with minimal capital cost implication
and achieve similar energy targets compared with the alternative design. The economic and
environmental implications of the two heat exchanger network designs on product valueinch analysis
were also evaluated.
© 2015 The Institution of Chemical Engineers. Published by Elsevier B.V. All rights reserved..  Introduction
he impact of CO2 emissions attributed to fossil fuel burning
n escalating global temperatures has been the contention of
he climate debate for the last three decades. In 2010, over
6% of global energy supply in the transport sector came from
ossil fuel sources and contributed about 23% of global CO2
missions (WEC, 2011). In a race to mitigate the impact of
O2 emissions on climate change, stakeholders are striving to
mplement stringent emission regulations, and support poli-
ies to enable the development of sustainable alternatives to
ossil fuels (IPCC, 2014). According to the International Energy
gency, biofuels are projected to play a signiﬁcant role in the
nergy transition by providing 27% of global transport fuel sup-
ly, with the aim of avoiding 2.1 GtCO2e by 2050 (IEA, 2011). As
art of this gradual transition, the European Union has set
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263-8762/© 2015 The Institution of Chemical Engineers. Published by a mandate to supply 10% of energy required in its transport
sector from renewable sources by 2020 (IEA, 2010; JEC Biofuels
Programme, 2014). To this end, the commercial deployment
of biofuel production requires substantial research in process
development, plant demonstrations and efﬁciency improve-
ments to reduce production costs (IEA, 2011).
Biomass is one of the most readily available renewable
fuel sources on the planet and has the potential to reduce
net CO2 emissions into the atmosphere due to its carbon
neutrality. Biomass can be converted into energy mainly via
chemical, biochemical and thermochemical processes (Naik
et al., 2010). Although chemical and biochemical conversion
processes including fermentation and transesteriﬁcation have
been demonstrated at different scales for producing ﬁrst gen-i.gu@surrey.ac.uk (S. Gu).
, University of Surrey, Guildford GU2 7XH, UK.
eration biofuels, they exert market pressure on food crops and
threaten biodiversity (Naik et al., 2010; FAO, 2013). On the other
Elsevier B.V. All rights reserved.
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ysis, hydrothermal liquefaction, gasiﬁcation, and combustion
can be used to produce fuels, chemicals and heat from non-
food crops with reduced threat to biodiversity and market
prices. Among these thermochemical processes, fast pyroly-
sis presents the best case for liquid transport fuel production.
Fast pyrolysis involves the thermochemical degradation of
biomass in the absence of oxygen at temperatures ranging
from 450 to 650 ◦C and at hot vapour residence time of approx-
imately 2 s to maximize bio-oil production. The resultant
bio-oil product has been demonstrated as a fuel for heat gen-
eration in boiler systems and for power generation in some
diesel engines; however, it is incompatible with modern inter-
nal combustion engines due to its undesirable properties such
as high oxygen content, low heating value and high acid-
ity (Xiu and Shahbazi, 2012; Czernik and Bridgwater, 2004;
Solantausta et al., 1993). Thus, upgrading is an essential step
for bio-oil conversion into a usable fuel.
Bio-oil can be upgraded into transport fuels by two variants
of conventional reﬁnery processes viz. hydroprocessing and
catalytic cracking (Bridgwater, 2012; Xiu and Shahbazi, 2012).
Hydroprocessing involves hydrodeoxygenation and hydroc-
racking processes. Hydrodeoxygenation involves the catalytic
rejection of oxygen atoms from the bio-oil organic compounds
under mild operating conditions, while hydrocracking is a
more  severe hydroprocessing process, which involves the
simultaneous catalytic cracking and hydrogenation of heavy
hydrocarbon molecules into lighter hydrocarbon molecules
(Gary and Handwerk, 1984). Furimsky (2000) comprehen-
sively reviewed the historical catalyst development for the
hydroprocessing of bio-oil obtained from various origins. Con-
ventional catalysts including sulﬁded CoMo and NiMo have
been used extensively for the hydrodeoxygenation of bio-oil
with marginal product yields in the past. In recent research
efforts, unconventional catalysts including transitional and
noble metal carbides, nitrides, and phosphides are gaining
more ground due to improved product yields (Furimsky, 2000,
2013). Nevertheless, the major challenges of bio-oil hydropro-
cessing include the high capital cost associated with hydrogen
requirements and high-pressure operation, and catalyst deac-
tivation due to coking (Cottam and Bridgwater, 1994; Furimsky,
2013). A signiﬁcant quantity of hydrogen is required for the
hydrogenation reactions of the aromatic rings present in the
bio-oil oxygenates components (Furimsky, 2013). Succeeding
the hydrodeoxygenation step, is the hydrocracking process,
which breaks down heavy hydrocarbon molecules in the
hydrodexoygenated oil into shorter chains hydrocarbons in
the gasoline and diesel boiling point range. An alternative
to the hydrocracking process is catalytic cracking, which is
analogous to the ﬂuid catalytic cracking of heavy gas oils in tra-
dition reﬁnery operations. It typically involves the heterolytic
scission of the C C covalent bonds to produced lighter hydro-
carbon molecules at atmospheric pressure (Bridgwater, 2012).
While catalytic cracking does not require hydrogen as in the
case of hydrocracking, it is plagued by high rate of coke for-
mation on active catalyst sites (Bridgwater, 2012). In order to
reduce the additional operating cost of hydrogen required for
bio-oil hydroprocessing and reduce excessive CO2 emissions
from sole hydrocarbon steam reforming, a steam reforming
step of the bio-oil aqueous phase can be integrated with
the process to generate hydrogen (Wang et al., 1997; Marker,
2005). Steam reforming of the hydrophilic organic compo-
nents of bio-oil or the whole bio-oil product can be used to
produce syngas, which is a mixture of hydrogen and carbonmonoxide (van Rossum et al., 2007; Bimbela et al., 2009). Syn-
gas can be utilized to supply hydrogen for hydroprocessing
or, alternatively, it can be synthesized into liquid hydrocar-
bons through the Fischer–Tropsch process. The production of
hydrogen and alkanes via the combined steam reforming and
dehydration/hydrogenation of the bio-oil aqueous phase has
also been demonstrated elsewhere (Huber and Dumesic, 2006).
Several techno-economic analyses of transport fuel pro-
duction from bio-oil hydroprocessing integrated with steam
reforming of bio-oil aqueous phase are available in literature
(Cottam and Bridgwater, 1994; Wright et al., 2010; Brown et al.,
2013; Shemfe et al., 2015). In a previous work of this group,
the techno-economic analysis of a 72 MT/day fast pyrolysis
plant and subsequent bio-oil hydroprocessing in a 1600 kg/h
plant integrated with a steam reforming step of the aque-
ous phase was conducted (Shemfe et al., 2015). Operating
cost was observed as an important economic input parameter
that inﬂuenced product value to a signiﬁcant extent. Product
value was deﬁned as the fuel product price at a net present
value of zero over a 20 years period at 10% rate of return. It
was observed that 10% and 20% increase/decrease in operat-
ing cost corresponded with 7% and 15% increase/decrease in
product value, respectively. A signiﬁcant percentage of this
operating cost is attributed to utility cost. In this study, a
methodical synthesis of the heat exchanger network (HEN)
using Linnhoff’s pinch technology is proposed with the aim
of evaluating the effect of recovering heat from the pro-
cess streams and the implications of HEN designs on the
capital cost and operating cost of utilities. Two exchanger net-
work (HEN) designs were developed and compare in terms of
energy targets for a minimum driving temperature of 20 ◦C.
The effect of steam to carbon ratio of the stream enter-
ing the main reformer on utility requirements, hydrogen
product yield and cost performance was also investigated.
Steam to carbon ratio is an important operating variable that
dictates not only conversion in the reformer but also the
amount of heat required for the process and the consequential
steam savings.
2.  Material  and  methods
2.1.  Process  description
The overall process is grouped into two main technical sec-
tions namely the bio-oil hydroprocessing and steam reforming
sections as illustrated in Fig. 1. In the hydroprocessing sec-
tion, the bio-oil feed undergoes hydrodeoxygenation (HDO)
and hydrocracking operations. The hydrodeoxygenation reac-
tions occur in two stages over Pt2/Al2O3 catalyst (HDO-1 and
HDO2). The product is subsequently fed into a ﬂash drum (SP-
1) to separate HDO gas phase from the HDO liquid phase. The
resultant hydrodeoxygenated bio-oil is then fed into a phase
separator (SP-1), where it is separated into two phases: an
aqueous phase and a non-polar phase. The aqueous phase is
fed to the reforming section to produce the hydrogen required
for hydroprocessing, while the non-polar phase goes into the
hydrocracking unit (HC-1) to produce compounds within the
gasoline and diesel boiling point range. The product from the
hydrocracker is ﬁnally fed into a product fractionator (HC-1)
to separate its components into different product fractions.
The reforming section comprises of a pre-reformer (SR-1) and
a main steam reformer (SR-2) based on a process scheme pro-
posed elsewhere (Marker, 2005). The bio-oil aqueous phase is
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Table 2 – Composition of bio-oil feedstock (Shemfe et al.,
2015).
Component (wt.%) Functional group
Levoglucosan 48.39 Sugar
Water 20.61 Hydroxyl
Lignin Derivatives 12.47 Phenolic hydroxyl
Formaldehyde 3.43 Aldehyde
Hydroxyacetaldehyde 3.30 Aldehyde + hydroxyl
Methanol 2.69 Alcohol
Hydroxymethylfurfural 1.82 Aldehyde + alcohol
pCoumaryl 1.48 Phenol alcohol
Lumped phenolics 1.37 Phenolic hydroxyl
Ethanol 1.24 Alcohol
Acetone 1.08 Ketone
Phenol 0.74 Phenol
Glyoxal 0.64 Aldehyde
Xylan 0.36 Sugar
Acetaldehyde 0.14 Aldehyde
Acrylic 0.01 Carboxylic acidFig. 1 – Simpliﬁed ﬂow diagram of bio-oil hyd
ed into SR-1 along with superheated steam (from S6-1) to
btain a syngas mixture, which is subsequently fed to SR-2
long with additional steam and methane. The syngas pro-
uced in the main reformer is sent into a ﬂash drum (SP-2),
here the gas is separated from water, before being sent to a
ressure swing adsorption unit (SP-2) to isolate hydrogen from
he remaining gas mixture. The near purity hydrogen gas is
ompressed and recirculated to the hydroprocessing section.
.2.  Model  development
 1600 kg/h of bio-oil feed hydroprocessing plant model inte-
rated with a steam reforming step of the bio-oil aqueous
hase was developed in Aspen Plus® based on previous work
f this group (Shemfe et al., 2015), and validated against exper-
mental data reported in literature (Sheu et al., 1988). The
nputs and assumptions adopted in model development are
resented in Tables 1 and 2. Brief description of the model
evelopment is given below. Detailed model development can
e found elsewhere (Shemfe et al., 2015).
.2.1.  Model  of  the  hydroprocessing  section
rieﬂy, bio-oil ﬂow rate and composition were established
rom a 72 MT/day pinewood fast pyrolysis plant model. The
wo-stage hydrodeoxygenation process was modelled using
wo CSTRs based on kinetic parameters of a pseudo-ﬁrst
rder reaction of lumped bio-oil components over Pt/Al2O3
atalyst (Sheu et al., 1988). For modelling purposes, the bio-
il feed was lumped into ﬁve pseudo-components based on
heir molecular weights and functional groups (light non-
olatile; heavy non-volatile; phenolics; aromatics + alkanes);
nd coke + H2O + outlet gas) in a yield reactor. The lumped
io-oil is introduced into the ﬁrst stage hydrodeoxygenation
Table 1 – Model inputs and assumptions.
Model parameter Value
Bio-oil ﬂow rate (kg/h) 1600
Steam to carbon ratio, main reformer 3:1
wt.% of bio-oil aqueous phase for reforming 40
H2 PSA purity (%mol) 99
Exit temperature (◦C), main reformer 800reactor (HDO-1), which operates at 270 ◦C and 85 bar. The
product stream from HDO-1 is subsequently fed into the
second stage hydrodeoxygenation reactor (HDO-2), which
operates at 380 ◦C and 87 bar in a hydrogen-rich environment
of 5 wt. % of the total bio-oil feed (Marker, 2005; Wright et al.,
2010). The product stream is then cooled down  to 40 ◦C before
entering the ﬂash drum. Subsequently, the separated HDO liq-
uid is fed to a phase separator, where the oil phase is separated
from the aqueous phase. The oil phase is heated up to 400 ◦C
and fed in the hydrocracker (HC-1), which operates at 104.3 bar
to produce gasoline and diesel range fuels. The hydrocracker
product composition was speciﬁed in a yield reactor based on
experimental results reported by Elliott et al. (2009). The prod-
ucts from the hydrocracker go into a product fractionator, in
which gasoline and diesel range products are separated.
2.2.2.  Model  of  the  reforming  section
The aqueous phase from SP-1 goes to the steam reform-
ing section in order to produce the hydrogen required for
hydroprocessing. The pre-reformer feed is assumed to be
40 wt.% of the aqueous phase, which is fed along with super-
heated steam – supplied at 400 ◦C – in a 1:1 ratio to the
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Table 3 – Hot and cold streams extracted from Simulation ﬂowsheet.
Stream Temperature (◦C) Speciﬁc heat (kJ/kg ◦C) Heat capacity rate (kJ/◦C h) Heat Load (kW)
Inlet Outlet
Hot streams
HDO-2 efﬂuent to SP-1 400 40 2.14 3623 362
SR-2 syngas to SP-2 800 45 2.80 4436 1214
Cold streams
Bio-oil feed to HDO-1 25 270 2.40 (Goteti, 2010) 3859 263
HDO-1 efﬂuent to HDO-2 270 400 2.40 (Goteti, 2010) 4062 147
Oil phase (SP-1) to HC-1 40 390 2.40 1426 139
Water feed to S6-1 25 400 4.20 5237 611
Aqueous phase (SP-1) to SR-1 40 400 2.40 (Goteti, 2010) 785 78
Steam to S6-1 400 800 2.20 2031 262
SR-1 efﬂuent to SR-2 400 800 2.36 1225 169
Methane feed to SR-2 25 800 2.22 756 163pre-reformer (SR-1) operating at 400 ◦C and 20 bar. SR-1 model
was implemented using a Gibbs reactor, which calculates
the product syngas composition at chemical equilibrium by
minimizing Gibbs free energy. The exiting syngas was speci-
ﬁed to comprise of H2, CO, CO2, CH4 and H2O, based on the
underlying assumption that steam reforming (SR), water–gas
shift and methanation reactions of bio-oil components occur
in the pre-former as described by the following equations:
Incomplete SR of aqueous phase : CnHmOk + (n − k)H2
O ↔ nCO + (n + m/2 − k)H2 (1)
Complete SR of aqueous phase : CnHmOk + (2n  − k)H2O
→ nCO2 + (2n  + m/2 − k)H2O (2)
Water–gas shift reaction : CO + H2O ↔ CO2 + H2 (3)
Methanation reaction : CO + 3H2 ↔ CH4 + H2O (4)
The exiting pre-reformer gas, a supplementary methane
feed of 300 kg/h, and superheated steam are fed to the main
steam reformer (SR-2) in a steam to carbon (S/C) ratio of 3:1.
Steam and methane supplied to SR-2 were heated to 800 ◦C
in order to avoid non-isothermal mixing of the streams and
to mitigate untapped heat recovery opportunities. SR-2 model
was also implemented by a Gibbs reactor, with the products
speciﬁed as H2, CO, CO2, CH4 and H2O. The syngas produced
in SR-2 is quenched to 40 ◦C and then fed to the ﬂash drum,
where the gas mixture is separated from the water vapour. The
gas from the ﬂash drum is then sent to the pressure swing
adsorption unit, which separates hydrogen from off-gas at
99% purity. The hydrogen gas is compressed and sent to the
hydroprocessing section for bio-oil upgrading.
Aspen Energy Analyzer® was used to design the heat
exchanger network (HEN) schemes and to determine their
implications on heating and cooling targets, and total cost per-
formance accordingly. HEN designs were developed based on
heat ﬂow rate inequality and stream splitting rules achieved
through tick-off heuristics. The total cost was estimated from
both the energy cost of utilities and the capital cost of the
heat exchangers. The capital cost of the heat exchangers was
determined by the number of units and the minimum net-
work area requirement (Linnhoff and Flower, 1982; Linnhoffand Hindmarsh, 1983). A comprehensive methodology for heat
integration of bioreﬁnery processes is well-documented by
Sadhukhan et al. (2014).
Table 3 summarizes the thermodynamic data obtained
from the Aspen Plus process simulation that were used to
formulate the heat integration problem. The mean speciﬁc
heat capacity of bio-oil from pine wood was assumed to be
2.40 kJ/kg K (Goteti, 2010). The approximation of the speciﬁc
heat capacity of the bio-oil streams, which can vary con-
siderably depending on process conditions speciﬁed in the
upstream fast pyrolysis process, is a limitation of the present
study. The speciﬁc heat capacities of the syngas streams exit-
ing the pre-reformer and the steam reformer were estimated
based on the pure gas composition weighted with their mole
fractions as described by Poling et al. (2001).
2.3.  Economic  analysis
Economic analysis was conducted in Aspen Process Economic
Analyser® V8.2 (APEA) based on Q1. 2013 cost data. APEA
sizes process equipment and estimates capital and operating
expenditures from material costs and wage  rates. Key eco-
nomic inputs and assumptions from a previous study of this
group were adopted in the present work (Shemfe et al., 2015).
The capital and operating cost extracted from APEA was used
to determine the product value of the gasoline and diesel prod-
ucts. Product value is deﬁned as product price at net present
value of zero over plant life of 20 years at 10% rate of return.
The hypothetical plant location is Northwest England. Conse-
quently, material costs and wage  rates in the UK were adopted
as provided in APEA’s UK cost template. The bio-oil trans-
portation cost was not considered as it was assumed that the
upstream fast pyrolysis plant is situated at the same location
with the hydroprocessing plant. The capital cost of the heat
exchanger network was estimated by the cost law described in
Eq. (5), which is based on the minimum heat exchanger surface
area requirement and number of shells using the default cost
parameters provided in Aspen Energy Analyser®. The total
utility cost was estimated from the following equation:
HENCapitalCost
= a + b(HeatExchangerArea/NoofShells)c × noofshells (5)TotalUtilityCost =
∑
Duty × unitcost (6)
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here a, b, and c are 10,000, 800 and 0.8, respectively. Further-
ore,  net CO2 emission attributed to hot utility was estimated
rom European Commission Decision 2007/589/EC (European
ommission, 2007) with natural gas speciﬁed as fuel source
or the ﬁred heaters.
.  Results  and  discussion
. Results  and  discussion
.1.  Heat  integration
he thermodynamic data extracted from the simulation pro-
ided in Table 3 were used to develop the composite curves
CC) and grand composite curve (GCC) for minimum driving
emperatures (Tmin) of 0, 5, 10, 15 and 20 ◦C. The compos-
te curves and grand composite curve for a Tmin = 20 ◦C are
epicted as a case in point in Figs. 2 and 3, respectively.
From the CC and GCC of the different Tmin, the min-
mum energy requirements for hot and cold utilities were
etermined. Fig. 4 shows the relationship between the
nergy requirements and the minimum driving temperature.
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Fig. 4 exhibits a threshold problem i.e. utility requirement
remains constant below the threshold driving temperature
(Tthreshold). Tthreshold is depicted by the dotted line at 15 ◦C.
Generally for threshold problems; the optimum Tmin can
only occur at or above Tthreshold. A minimum driving tem-
perature of 20 ◦C was selected for subsequent analysis. At this
Tmin, the energy target for the hot utility is 260 kW, and that
for cold utility is 5 kW. The minimum heat exchanger area and
minimum heat exchanger units were estimated to be 290 m2
and 11 units, respectively, from the CC. Higher Tmin were
discarded because the further decrease in area requirement
would imply a signiﬁcant increase in utility and total cost.
3.2.  Steam  to  carbon  ratio
Table 4 summarizes the effect of the steam to carbon (S/C)
ratio of the stream entering the main reformer on various key
process parameters for a minimum driving temperature of
20 ◦C. S/C ratios of 3, 4 and 5 were evaluated. S/C ratio lower
than 3 were not evaluated as they would promote coke for-
mation in the reformer (Md Zin et al., 2015). As expected hot
utility target increased with increasing S/C ratio, as more  heat
duty is required to generate additional steam to the reformer.
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Table 4 – Effect of S/C on utility requirements, hydrogen
yield and cost target.
Parameter Case 1 Case 2 Case 3
S/C ratio 3 4 5
Hot utility target (kW) 260 313 389
Cold utility target (kW) 5 5 5
H2 yield (kt/yr) 0.74 0.82 0.95
Utility cost (£/yr) 23,034 27,680 31,784
utilization of the waste heat available in the second hydrodex-Consequently, utility cost also increased. Conversely, S/C
had no impact on cold utility target. Hydrogen production
increased with increasing S/C as the supply of more  steam
into the reformer favours an increase in the conversion of
CH4 into syngas. A S/C ratio of 3 was selected for subsequent
analysis due to the signiﬁcant increment of the hot utility
target and cost with S/C ratio.
Fig. 5 – Grid diagram for HEN design 1: utilization of second hyd
1st hydrotreater (HDO-1).
Fig. 6 – Grid diagram of HEN design 2: utilization of second hydr
pre-reformer (SR-1).3.3.  Heat  exchanger  network  design  and  performance
Two heat exchanger networks were designed and their per-
formances in terms of energy target for a driving temperature
of 20 ◦C were compared: (i) HEN design 1 – utilization of sec-
ond hydrotreater efﬂuent to pre-heat the bio-oil feed to the
hydrotreaters; and, (ii) HEN design 2 – utilization of second
hydrotreater efﬂuent to pre-heat steam feed to the pre-
reformer. Figs. 5 and 6 show the grid diagrams of the hot and
cold streams and heat recovery matches for HEN designs 1 and
2, respectively. The grid diagram was divided at the pinch tem-
perature, which is 45 ◦C for above the pinch and 25 ◦C below
the pinch. Design, economic and environmental performance
indicators for HEN designs 1 and 2 are shown in Table 5.
As can be seen in Table 5, HEN design 1, which involved theogenation reactor efﬂuent to preheat the bio-oil feed to the
rotreater (HDO-2) efﬂuent to pre-heat the bio-oil feed to the
otreater (HDO-2) efﬂuent to preheat the steam feed to the
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Table 5 – Performance indicators of HEN designs 1 and 2.
HEN performance
indicators
Non-integrated
design
Design 1 Design 2
Hot utility fraction of
target
–  1.01 1.10
Cold utility fraction
of target
–  6.00 6.24
HEN area (m2) – 325 596
Capital cost of HEN
(£)
– 200,310 314,622
Utility operating cost
(£/yr)
235,401 25,374 25,481
Reduction in utility
cost (%)
–  89 89
Utility % of total
OPEX (%)
6.0 0.7 0.7
Total cost (£/yr) – 95,153 133,213
Reduction in
product value (%)
–  1.9 1.4
CO2 emission (kt/yr) 4.5 0.50 0.51
ﬁ
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Developing Countries. IEA, Paris, France.
IEA, 2011. Technology roadmap: biofuels for transport. In: Techrst hydrodeoxygenation reactor, showed better economic
erformance than HEN design 2. Although 0.4% reduction in
ot utility requirement was observed in HEN design 1 com-
ared with HEN design 2, main differences were due to the
ifference in capital cost. Design 1 resulted in signiﬁcantly less
verall network area requirement and consequently a lesser
apital cost than HEN design 2.
The annual operating cost of the non-integrated plant was
stimated at £3.9 million, which accrues from the raw material
osts, operating labour cost, maintenance cost, supervision
ost, and utility cost. The utility cost is 6% of the annual
perating cost, which is estimated at £235,401 per year It is
orth noting that the utility cost with the incorporation of
EN designs 1 and 2 was £25,374 per year and £25,481 per year,
espectively. Therefore, the hypothetical implementation of a
eat exchanger network could reduce 89% of the annual utility
ost compare to a non-integrated scheme.
Discounted cash ﬂow analysis revealed a product value of
6.38 per gasoline gallon equivalent (GGE) at a net present
alue (PV) of zero over a plant life of 20 years for the non-
ntegrated design. The economic implication of decreased
tility cost due to the incorporation of HEN designs 1 and 2
esulted in 1.9% and 1.4% reduction in PV, respectively. More-
ver, the CO2 emission attributed to hot utility were estimated
t 4.5 kt/yr for the non-integrated design and 0.5 kt/yr for inte-
rated HEN design. Consequently, the implementation of HEN
ould reduce 89% of the annual CO2 emissions.
.  Conclusions
his study assessed various energy saving opportunities for
 hypothetical 1600 kg/h bio-oil hydroprocessing plant inte-
rated with steam reforming model developed in Aspen Plus®.
Thermodynamic data extracted from Aspen Plus simu-
ation was used to formulate the heat integration problem.
inch technology was used to determine the minimum util-
ty demands. Composite and grand composite curves revealed
ot and cold utility targets of 260 kW and 5 kW, respectively,
or a minimum driving temperature of 20 ◦C and steam to car-
on (S/C) ration of 3 in the main reformer. This Tmin was
elected as the optimum minimum driving temperature for
eat exchanger network design because of an existing thresh-
ld problem.Better energy and cost performance were observed with a
S/C ratio of 3 compared to other values investigated (S/C = 4
and 5).
HEN synthesis according to stream matching constraints
revealed that the utilization of waste heat from the second
hydrodeoxygenation reactor efﬂuent to preheat bio-oil feed
to the ﬁrst hydrodeoxygenation reactor (HEN design 1) gives
better economic performance than its utilization to preheat
the steam feed to the pre-reformer (HEN design 2). Both HEN
designs exhibited similar performance in meeting heating and
cooling requirements; however, HEN design 1 resulted in less
capital cost. Moreover, HEN design 1 enhanced proﬁtability
of the process by achieving around 2% reduction in product
value and almost 90% in CO2 emission attributed to the hot
utility.
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